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ABSTRACT
This thesis will cover the steps I took to evaluate an ethylbenzene production plant. I, along
with my senior design team, was first tasked with optimizing a vapor-phase ethylbenzene
production plant based off of a given base case. Our team was able to improve the net
present value of the plant from -$4.8 million to $70.4 million through discrete optimization.
After the vapor-phase plant was evaluated, I was tasked with creating a base case, liquidphase ethylbenzene production plant. I explain the theory behind process flow diagram
development, then explain how I produced the process flow diagram and stream table for
the base case.
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1. Assessment and Optimization of Vapor-Phase Ethylbenzene Production
Process
1.1 Theory of Process Optimization
When starting process optimization, there first needs to be a base case process that
can be improved. In the case of the vapor-phase ethylbenzene production process, a base
case was given to work off of, but in most cases a base case will have to be created. Chapter
2 will cover how the base case is developed. The base case needs to be evaluated to
determine its profitability based on its capital and operating costs, which will include
estimations of raw material, product, equipment, utility, and labor pricing. Profitability, at
least in my case, is determined by the net present value (NPV) of a project. The NPV is
determined by discounting all of the cash flows of a process’s lifetime to “year 0” of the
project (when the plant starts operations) by the minimum acceptable rate of return
(MARR). If the NPV is positive, then the project is considered profitable, or at least more
profitable than the MARR. Regardless of the base case’s NPV, the process can be
optimized to give a better representation of the potential of the new process. After
optimization is finished, the NPV will give a good indication of whether or not the project
should be abandoned or evaluated further. The optimization process takes place in three
major

steps:

reactor

optimization,

separation

optimization/heat integration
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optimization,

and

then

utility

Optimization begins with the reactor section because any change made in the
reactor section will subsequently affect the rest of the process’s specifications. For
example, a high temperature in the reactors can increase the reaction rates and the effluent
temperature, therefore the utility system will have to recover more heat and the separation
section will have a different composition of chemical to separate. The separation section
will also affect the reactor section, but the impact is not as large as the other way around.
There are several variables with the reactor section that can be investigated for
optimization. Parametric variables are process factors you can change without moving
equipment, such as temperature, pressure, and stream compositions. Reactor temperature
is one of the most influential variables for the process dynamics. Changes in temperature
of the reactor may change conversions, affect utility generation or usage, and required
materials to handle the new temperature. Reactor pressure will determine required
compression power and vessel thicknesses and influence reaction kinetics if the process is
in the vapor phase. Lastly, changing inlet stream compositions can change the reactor
effluent and the overall size of the process flows. On the other hand, topological variables
are process factors that can be changed by physically moving the equipment required and
the order in which they are connected. Some examples of topological variables in the
reactor section would be introducing or removing reactors, changing them from series or
parallel reactors, or changing the type of reactor.
After the reaction section has reached a local optimum, the separation section can
then be evaluated using some of the same basic techniques. Parametric variables, such as
the distillation column pressure and temperature, can be changed to improve the required
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utilities used to achieve separation. Topological variables can also be changed to improve
the layout. Some typical topological variables include introducing or removing a separation
unit, changing the feed tray location on a distillation column, and changing the order of
separation units.
Lastly, heat integration can be used to maximize the heat recovery in the chemical
process. One of the most common ways to integrate heat recovery in an exothermic process
is by preheating the reactor section feed with the reactor section effluent. Heat exchanger
network design software can aid in determining which streams are compatible to transfer
energy and which streams need to be heated or cooled with a utility. The details of
designing a heat exchanger network will be covered in further detail later in the chapter.
One iteration is typically not enough to find the “best” local optimum for a new
process. After all three steps are followed, they can be repeated to continuously optimize
the process until a near global maximum NPV is found. Based off of the final NPV,
management can then make a decision about whether or not to continue with the project
and start refining the cost estimations or to discard the project all together.
1.2 Introduction to the Vapor-Phase Ethylbenzene Production Process
The Adiabatic Flames Engineering Group (ADF) was tasked with optimizing a preexisting plant design to maximize profitability for BlackBear Incorporated’s integrated
styrene process. The final proposed design was to produce ethylbenzene by catalytically
reacting ethylene and benzene. The basis of this process is shown through the process
concept diagram displayed in Appendix A.11. The ethylbenzene product stream must have
a production rate of 80,000 tonnes per year, have no greater than 2 ppm paradiethylbenzene molar concentration, and have a purity of 99.8 mol% ethylbenzene. Given
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the possibility of producing a positive NPV on this plant concept, our team decided to move
forward with the study estimate and find optimization opportunities. This report will
describe the base case assessment, move forward to explain how we went about optimizing
the base case process, give our final recommendation, and then detail process safety
considerations.
1.3 Base Case Assessment
To begin, we simulated the preliminary process flow diagram provided for the base
case process design. Given the results of the simulation, we sized all of the major
equipment and priced utilities using heuristics found in Richard Turton’s Analysis,
Synthesis, and Design of Chemical Processes. The economic analysis of the base case
design produced an NPV of -$4.8M. The internal rate of return on the original process did
not exceed the minimum acceptable rate of return of 12%. A large recycle in the base case
necessitated larger pumps and vessels to direct the flow rate and allowed a large amount of
unreacted benzene to leave the process through the phase separator, V-302. Therefore, the
raw material, utility, and capital costs were higher than they should be. The ADF used
discrete methods to optimize the base case plant and achieved a NPV of $70 million. Given
+72% and -48% fixed capital investment accuracy of a study estimate, the conservative
end is still positive with a NPV of $64 million. Based on a large positive NPV with an
adequate buffer against inaccuracies, our team recommends to move forward with project
development. In the next step of the process, we will need more funds and time to conduct
a preliminary design estimate and decrease the potential NPV accuracy range for this
project. A preliminary design estimate will include producing a plant layout, performing
more detailed sizing calculations, and beginning detailed design on major equipment.
4

1.4 Optimization Logic
We decided to start our optimization process by testing the three proposed changes
to the process. These changes, if not implemented first, would subsequently affect each of
the other elements of our optimization process. To avoid continuous optimization, we
decided to move forward with testing these changes. First off, we tested the feasibility of
using a new Adamantium catalyst instead of the original Krypton catalyst. We decided to
test these catalysts over a range of temperatures to get an overall view of which catalyst
should be chosen. The base case has a reactor inlet temperature of 380°C, resulting in the
aforementioned NPV of -$4.8M. The Krypton catalyst deactivates at 525°C, so we decided
to require a 10°C reactor temperature buffer on the upper limit data point. A reactor inlet
temperature of 446°C produced the upper limit reactor temperature of 515°C assuming
adiabatic reactors. This change resulted in an NPV of $2.32M. The high temperature
increased selectivity and allowed us to remove the diethylbenzene recycle loop equipment
and associated utilities including: T-302, E-309, E-308, V-304, P-303, P-304, and R-304.
The lower capital costs associated with a smaller benzene recycle and eliminating the
diethylbenzene recycle, the reduction in the fired heater duty, and reducing the benzene
leaving in the fuel stream offset the costs of the new stainless steel that had to be used when
operating above 400°C.
The same temperature optimization process was repeated for the Adamantium
catalyst. This new catalyst is more expensive than the Krypton catalyst and has a shorter
lifespan, but it also suppresses the production of diethylbenzene. Therefore, the
diethylbenzene recycle could also be eliminated while allowing lower operating
temperatures and lower utility costs. As shown in Figure 1-1, the optimum reactor inlet
5

temperature for the Krypton catalyst was found to be 446°C with an NPV of $2.32M. The
Adamantium catalyst optimum was found to be 420°C with an NPV of $2.34M. The NPV
values for both catalysts are very similar at higher temperatures, but the Adamantium
catalyst allows more flexibility within the process because it does not require the 8:1
benzene to ethylene feed ratio for diethylbenzene suppression. To test how this parameter
might affect further optimization, we ran the economics on a 7:1 ratio simulation as a proof
of concept and found that the NPV increased to $6.5M. The Adamantium catalyst can
operate at a much lower temperature without the diethylbenzene recycle, which allows the
reactors to operate in a lower temperature range and further allows for more downstream
optimization that might increase the temperature of the reactors. Therefore, we decided to
implement the new Adamantium catalyst with a reactor feed temperature of 420°C.

Figure 1-1: Reactor Feed Temperature vs. NPV
Moving forward from the reactor feed temperature, we explored the effects of the
second and third proposed changes to the base case process. The second change was an
opportunity to purchase a lower quality benzene feedstock, which contained 10% toluene,
6

for $0.85/kg. This is compared to the original stock which contained 2% toluene and cost
$1.014/kg. Making this feed change increased the NPV from $2.34M to $37.38M. There
is a large increase in NPV because the single pass conversion of toluene is high enough
that the pre-existing separation system was minimally affected by having more toluene in
the upstream process. The yield of ethylbenzene from ethylene did go down, however.
Since reaction 4 consumes two moles of ethylene and one mole of toluene for every
ethylbenzene molecule produced, twice as much ethylene will be consumed for every mole
of benzene that is substituted by toluene in the feed stream benzene feed stream. With a
lower yield from ethylene, more ethylene had to be fed to the process to obtain the same
yearly ethylbenzene output. In the end, the increase in raw material consumption was
greatly offset by the reduction in the benzene feed stream price.
The third proposed change introduced a potential market to sell the toluene from
the process. The supplier from which the new benzene feed will be purchased is willing to
purchase back any toluene from the process for $0.91/kg with the constraint that it must be
at least 99.5% pure. To determine if this was economically advantageous, we implemented
a new distillation column, T-351, at the front end of the process to separate the toluene out
of the feed stream (see appendix A.5). This change resulted in an NPV increase from
$37.4M to $45.7M because of the additional revenue brought in from the toluene sales that
offset the capital and utility costs of the new distillation column. Therefore, the ADF
decided to implement both of these changes moving forward in the process design. Figure
1-2 shows the NPV trend from change 1 to change 3.
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Figure 1-2: NPV trend from Change 1 to Change 3
Next, we explored the economic effect of changing the benzene to ethylene reactor
feed ratio. Initially, the base case maintained a molar ratio of 8:1 which could not be
manipulated because the high ratio suppressed a large production of diethylbenzene,
allowing the plant to meet the 2 ppm product stream purity specification. However, once
the feed temperature was optimized and the Adamantium catalyst was chosen, lower ratios
could be explored. Figure 1-3 shows the trend observed as the feed ratio was lowered. As
seen in the data, the minimum achievable molar ratio of 5.6:1 was the optimum with an
NPV increase to $54.5M. This ratio was determined to be the lowest data point possible
because decreasing the ratio below 5.6:1 resulted in higher reactor temperatures that
approached our buffered temperature limit of 515°C. An increase in NPV occurred because
reducing the required benzene to ethylene feed ratio resulted in a smaller benzene recycle
stream necessary to meet this requirement. A smaller recycle stream results in a reduction
in nearly all plant utilities due to the lower mass flow rate that needs to be heated, cooled,
and separated. In addition, a decrease in the recycle stream will lead to a smaller amount
of benzene leaving the process through the fuel gas stream because of a smaller flow rate
of benzene into the phase separator, V-302.
8

Figure 1-3: Reactor Feed Ratio vs. NPV
To conclude the optimization of the reactor section of the process, the reactor feed
pressure to R-301 was tested as well as the combined reactor volume. For the reactor
section inlet pressure, data points of 1850 kPa and 3000 kPa were chosen. Based on the
data observed in Figure 1-4, the optimum pressure was determined to be 1850 kPa with an
NPV increase to $55.0M from $54.5M. Reducing pressure did not significantly change the
reaction kinetics, but it did reduce the thickness required on reactors R-301 through R-303
and heat exchangers E-301 through E-305. The lower thicknesses reduce the prices of the
equipment, and therefore reducing the associated capital cost. Once this change was
implemented, the overall volume of the reactor section was manipulated from the base of
75 m3 with points taken 15 m3 above and 10 m3 below this value. Figure 5 shows that the
optimum total reactor volume is 65 m3 with an improved NPV of $55.82M. When the
reactor volumes were reduced, the expensive stainless steel reactors went down in size and
price while the conversion did not change. Previous to this change, the reactors had excess
volume for the given conversion achieved. The conversion of ethylene was essentially
asymptotically reaching 100%. Reducing the total volume of the reactor section only
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moved the conversion along that asymptote, therefore not reducing the ethylene conversion
very much relative to the volume change.

Figure 1-4: Reactor Section Feed Pressure v NPV

Figure 1-5: Reactor Volume v NPV

Once the reactor section reached a local optimum with an NPV of $55.8M, the
separation system within the process was analyzed to improve its economic potential. The
first parameter that was manipulated was the toluene mole fraction present in the benzene
feed going into the process. This was changed by adjusting the specifications in the front end distillation tower. Mole percentages of 1% and 4% were analyzed in addition to our
previous 3% data point as shown in Figure 1-6 with an optimum at 1% and an NPV
improvement to $57M. This is due to more toluene being sold back to the benzene feed
supplier, which allows some raw materials cost to be recouped. Once the benzene feed
purity was chosen, the downstream distillation column feed pressure, temperature, and
column reflux ratio were manipulated.
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Figure 1-6: Stream 52 Toluene Mol Fraction vs. NPV
For the benzene/ethylbenzene distillation column, T-301, the first variable that we
manipulated was the column feed pressure. As shown in Figure 1-7, four pressures ranging
from 60 kPa to 290 kPa were analyzed with the optimum being chosen at 220 kPa with an
NPV improvement to $60.7M. Higher pressures could not be achieved due to the
ethylbenzene product purity falling below standards. From here the tower feed temperature
was manipulated by changing the outlet temperature of heat exchanger E-305. We found
the optimum temperature to be 100℃ with no NPV improvement. Figure 8 shows that
manipulating the temperature gives an NPV decrease. Increasing the temperature or
decreasing the pressure of V-302’s inlet will increase the volatility of benzene in the phase
separator, which will cause more benzene to leave in the fuel stream and necessitate higher
raw material feed flow rates. Therefore, both lower temperatures and higher pressures are
desirable entering V-302.
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Figure 1-7 (Left): Second Column Inlet Pressure vs. NPV
Figure 1-8 (Right): Second Column Inlet Temperature vs. NPV
Lastly, our team integrated the excess reactor section effluent heat with the reactor
inlet stream. We first took count of where all of our hot streams and cold streams were. We
then put the stream data into HENSAD to get an idea of where a majority of the excess
heat was and what needed to be heated. Given these results, we moved forward to add a
heat exchanger, E-353, that would preheat the reactor section feed with the reactor section
effluent. This allowed us to remove our fired heater and our waste heat boiler, E-304, along
with their utilities. This final change produced our current optimized NPV of $70.4M
Given the current NPV of $70.4M, our team recommends to go forward with further
optimization. There is still room to continuously optimize this process, such as trying lower
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reactor feed temperatures so we could further lower the benzene to ethylene molar feed
ratio. Further optimization will require more time and money to pay the engineers working
on the project. If the optimized process is accepted, we will carry out more detailed sizing
calculations for the major equipment and start gathering quotes for the equipment.
1.5 Sensitivity Analysis

Figure 1-9: Sensitivity Analysis
For the base process, ADF discovered that the two most important factors in
determining the NPV of the process were found to be the cost of the raw materials and the
cost of ethylbenzene. This explains why optimization steps that dramatically changed the
feed rates produced large swings in NPV. Since the output of ethylbenzene was kept
constant at 80,000 tonnes/year and the price at which it was being sold was constant did
not allow this variable to change the NPV of the process. Therefore, the most important
factor that had to be considered was the cost of the feed streams and how these flow rates
were being changed across differing optimization variables.
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1.6 Safety Considerations
All Chemicals should be stored in dry, isolated spaces away from heat sources.
Ventilation should be utilized to minimize the risk of human interaction with potentially
dangerous vapors. Respiratory equipment and safety shields should be worn if contact with
chemicals is necessary.
Table 1-1: Chemical Hazards
Chemical

Hazard

Benzene

Carcinogenic, Toxic, Flammable

Ethylene

Carcinogenic, Flammable

Ethylbenzene

Carcinogenic, Flammable

Diethylbenzene

Irritant

Toluene

Flammable, Organ Damage

Propylene

Damaging to Respiratory Tract

Ethane

No Noticeable Effects

For process safety, there are three major factors that need to be considered. The
first is the risk of a runaway reaction in our reactor section. To avoid this, we suggest that
alarm and control systems be implemented to alert operators of dangerous temperatures.
The second factor is that many operating conditions are near the auto-ignition temperatures
of the chemicals used within the process. Future considerations will need to be assessed
for a solution to this problem. Finally, many units within the process have high operating
14

pressures. Due to this, pressure safety valves should be installed on all equipment and
pipes.
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2. Base Case Development of Liquid-Phase Ethylbenzene Production Process
2.1 Theory on PFD Development
Developing a process flow diagram (PFD) for a new process can be broken up into
a five-step system: (1) Determine if the process is batch or continuous; (2) Specify the
input/output structure of the process; (3) Determine the recycle structure of the process; (4)
Develop a separation system; and (5) Develop a heat-exchanger network.
Several factors go into determining whether or not a new process should be a batch
or continuous process. Generally, if a process has a reaction with a very slow reaction rate,
batch processing is preferred to achieve the reactor residence time necessary to complete
this reaction without having abnormally large equipment. Also, if the quality of the product
is of great concern, such as in the pharmaceutical industry, batch processing is ideal.
Constant product testing can occur to ensure that the correct quality is achieved in each
batch. In most other cases, however, it is more beneficial to use continuous processing.
Continuous processing is safer because safety procedures for steady-state production are
well established, it benefits from economies of scale in production, and it requires less
labor per pound of product produced.
After determining whether the process would be batch or continuous, the input and
output structure must be evaluated. Typically, a process concept diagram is used to help
evaluate the input/output structure of a process. The process concept diagram will show an
arrow entering an ambiguous “process” on the left for each reactant chemical and an arrow
exiting the “process” figure on the right for each product chemical. This process concept
16

diagram will serve as the first steps of the new PFD because the PFD will have the same
general structure with reactants entering the process on the left and products leaving the
process on the right. Determining the input/output structure will also require listing all of
the reactions, usually within the ambiguous “process” figure mentioned earlier.
Now that the inputs, outputs, and reactions have been specified, the recycle
structure of the process will have to be determined. If separation of the unreacted raw
materials and the final products is possible, then a raw material recycle should be
established to save money on the raw material costs of the process. If separation is not
easily feasible, then the products and raw materials can be recycled together. A purge
stream in the recycle needs to be included to avoid accumulation if the products do not
react any further, but a purge stream can be foregone if the products will reach a steadystate equilibrium in the reactor with no more generation.
Next, the process will need a separation system to recycle the unreacted raw
materials from the final product. The most common unit of separation in chemical
processes is the distillation column because it is a flexible and effective separation method
for nearly all chemical processes dealing with volatile chemicals. The number of separation
units needed will be determined by the number of distinct product streams and recycle
streams required for the process.
Lastly, a heat-exchanger network will need to be developed to provide and recover
energy from the chemical process. Energy can also be integrated at final steps of the design
process, but for the sake of developing an initial PFD, energy requirements and excesses
need to be evaluated and resolved with basic heat exchangers and/or fired heaters.
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2.2 Process Description
For this assignment, I was tasked with developing a base case process flow diagram,
stream tables, equipment tables, and utility tables for a liquid phase ethylbenzene (EB)
process. In this process, pure benzene and ethylene is fed to the process at 1 atm and 25 °C
to react and produce 80,000 tonnes per year of 99.8 mol% EB. A side reaction between EB
and ethylene occurs to produce diethylbenzene (DEB), which is damaging to the
downstream styrene process. To minimize this damage, a concentration constraint is set on
the DEB leaving the product stream to less than 500 ppm (by mole). Unreacted ethylene is
purged in a fuel gas stream, unreacted benzene is recycled to join the pure benzene feed
stream, and undesired DEB is recycled as an injection to the reaction section and will
further react with benzene to yield more EB. Below is the reaction scheme for this process:
𝐶6 𝐻6 + 𝐶2 𝐻4 → 𝐶6 𝐻5 𝐶2 𝐻5
benzene
ethylene
ethylbenzene

C6 H5C2 H5  C2 H 4  C6 H 4 (C2 H5 )2
ethylbenzene ethylene diethylbenzene
C6 H 4 (C2 H 5 )2  C6 H 6  2C6 H 5C2 H 5
diethylbenzene benzene ethylbenzene

(1)

(2)

(3)

Lastly, it was specified that two reactors and two distillation columns will be used for the
base case of the liquid phase EB process. A preliminary process flow diagram and mass
balance was developed to meet these criteria.

2.3 Developing the PFD for the Ethylbenzene Process
Using the theory aforementioned, a PFD was developed for the liquid phase
ethylbenzene process. The first step was to determine whether to use batch or continuous
processing for the EB production. Since EB is a commodity item that has no serious quality
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constraints besides constraints necessary for its use in a downstream styrene plant and
because the reactions involved have high reaction rates, continuous processing makes the
most sense for this process.
The next step was to create an input/output structure for the process. The following
process diagram best depicts the inputs and outputs according to the reaction scheme:
Benzene

Reactions

Fuel Gas

Benzene + Ethylene  Ethylbenzene
Ethylene

Ethylbenzene + Ethylene  Diethylbenzene

Ethylbenzene

Diethylbenzene + Benzene  Ethylbenzene
Figure 2-1: Liquid-Phase Ethylbenzene Process Concept Diagram
The fuel gas product stream will contain almost all of the unreacted ethylene, while the EB
product stream is 99.8 mol% EB with less than 500 ppm DEB. Within the block with
reactions, there will also be a benzene and DEB recycle. Benzene and DEB react together
to form more EB, so recycles are possible for these components in the process. However,
recycling the ethylene would create higher production rates of DEB, so a fuel gas stream
is used to purge the process of excess, unreacted ethylene.
After the product and recycle streams were determined, a separation system had to
be developed that would produce these streams. There are four major streams that need to
be created by the two distillation columns mentioned in the process description: the fuel
gas stream, the benzene recycle stream, the DEB recycle stream, and the EB product
stream. The first distillation column makes the first split by separating benzene as the light
key and EB as the heavy key. This produces ethylene and benzene in the distillate, and EB
and DEB in the bottoms. However, the distillate cannot be used as the benzene recycle
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stream because the ethylene still needs to be separated, so a partial condenser is used to
condense the benzene in the distillate while allowing most of the ethylene and some of the
benzene to leave as fuel gas. The condensed benzene is then sent back to join the fresh
benzene feed stream. The second distillation column makes the next split by separating EB
as the light key and DEB as the heavy key. The distillate will serve as the EB product
stream while the bottoms will serve as the DEB recycle that joins the effluent of the first
reactor before it enters the second reactor.
Finally, a heat exchanger network was developed to meet the energy requirements
around the process. Heat exchangers are needed to heat the DEB recycle and reactor section
feed streams to have the reactors operate at a sufficiently high temperature, they are needed
as reboilers and condensers for both distillation columns, one is needed to cool the reactor
section effluent before it enters the separation section, and one is needed to cool the EB
product stream and meet the 50 °C requirement. Later during optimization of this process,
heat integration will be used to maximize the heat recovery from areas of energy excess
and transfer it to areas with energy needs. The final PFD for the liquid-phase production
base case can be found in Appendix A.13.
2.4 Solving the Mass Balance for the Ethylbenzene Process
To start the mass balance for this process, I first gave a guess value for both the
ethylene and benzene feed, streams 1 and 2. Reasonable guess values would be equimolar
feeds that are equal to the molar flowrate of ethylbenzene leaving in the product stream.
The benzene feed stream, stream 1, is mixed with the benzene recycle, stream 14, in vessel
V-401 and pressurized to the reactor pressure with pump P-401. I chose guess values for
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the benzene recycle flowrate and composition to continue. Also, the reactor pressure was
predetermined to follow

Preactor  0.0005

atm 2
atm
T
 0.4325 o Treactor  13.056atm
o
2 reactor
( C)
C

(eq.1)

to ensure that all components would stay in the liquid phase throughout the reactor section.
The ethylene feed, stream 2, was also compressed to this reactor pressure with C-401 and
then was added to the pressurized benzene feed to form the reactor section feed stream,
stream 6. I picked a reactor temperature of 450 degrees Kelvin, and used heat exchanger
E-401 to preheat stream 6 to this temperature.
The reaction kinetics for this process follow the form:
a
b
c
d
ri  ko,i e Ei / RT Cethylene
CEB
Cbenzene
CDEB

(eq.2)

and have the constants:
i

Ei

ko,i

a

b

c

d

kcal/kmol
1

17,000

1.528106

1

0

1

0

2

20,000

2.778107

1

1

0

0

3

15,000

1,000

0

0

1

1

To calculate the reactor volume for reactor R-401, I first determined the concentrations of
the components entering the reactor to work towards solving:
−𝑟𝑖 𝑉 = 𝑣0 (𝐶𝑖,0 − 𝐶𝑖 )
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(eq.3)

To do this, I assumed the density for all of the liquid streams in this process were 850
kg/m3 and divided the total mass flowrate entering the reactor by the density to get a
volumetric flowrate. I then divided the component molar flowrates by the volumetric
flowrates to get the entering concentrations for each component. After obtaining the inlet
concentrations, I gave guess values for the reactor volume and component outlet
concentrations, then started solving equation 2 for component reaction rates. Using my
guess values, equation 3 was not true for all four components. Therefore, I had to use solver
to set the left side of equation 3 minus the right side equal to zero by changing the reactor
volume size and the outlet concentrations of benzene, ethylbenzene, and diethylbenzene.
The outlet concentration for ethylene is fixed at 1% of the inlet concentration due to the
process specification that 99% of the ethylene reacts in the first reactor. In the end, there
are four equations and four variables to be solved, so solver was able to give a solution for
the series of equations. This same method was used to determine the volume and
concentrations of reactor R-402, but the volume was fixed at the same volume of R-401
and the concentration of ethylene leaving the reactor was not known. Also, I had to give a
guess value for the diethylbenzene recycle, stream 19, to determine the R-402 inlet
concentrations in stream 9.
After I solved the reaction section of this process, I had to solve for the separation
section to produce the DEB recycle, benzene recycle, fuel gas, and EB product stream. I
started by giving an inlet pressure to column T-401 of 0.5 atm then solved for the bubble
temperature of the inlet using Raoult’s Law and Antoine’s Equation:
𝑦𝑖 𝑃 = 𝑥𝑖 𝑃𝑖∗
𝑃𝑖∗ (𝑇) = 𝐴 −
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𝐵
𝑇+𝐶

(eq.4)
(eq.5)

These two equations and 𝛴𝑦𝑖 = 1 for all four components gave nine equations and nine
variables so I used solver to give the vapor concentrations at the bubble point along with
the bubble point temperature.
For column T-401, I assumed that half of the bottoms and the distillate would be
fed back to the column through the boil up and reflux. I was also given recoveries of
99.95% benzene to the distillate and 99.90% ethylbenzene to the bottoms. Using the
recoveries and assuming that nothing heavier than the heavy key (EB) will go to the
distillate, I was able to obtain the amount of ethylene, benzene, and EB leaving in the
combination of the fuel gas and benzene recycle. Knowing that the partial condenser V402 will operate at vapor-liquid-equilibrium, I used Raoult’s Law (eq. 4) to solve for the
condenser temperature, benzene recycle concentrations, and fuel gas concentrations. In the
bottoms, however, I was able to use mass balances through recovery values to solve for the
amount of benzene, EB, and DEB leaving in stream 15. Lastly, I determined the molar
flowrates of the benzene recycle and fuel gas by multiplying the concentrations of the fuel
gas by a guess value and the concentrations of the benzene recycle by the difference
between the distillate flowrate at the guess value. Setting In – Out = 0 for each component,
I used solver to find the fuel gas flow rate, therefore determining the benzene recycle
flowrate. The same method was used to solve the mass balance for column T-402, except
the recoveries changed to 99.90% of EB in the distillate and 99.90% of DEB in the bottoms.
Also, the mass balance could be solved strictly through recoveries because there is no
partial condenser on T-402, but Raoult’s Law was still used to determine the temperatures
at the top and bottom of the column.
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With all of the molar flowrates for the process solved, I then had to reset the
benzene and DEB recycle guesses to equal the new values calculated in the first runthrough. Theoretically, I would keep iterating the entire process until the recycle guesses
and final values were the same, then I would vary the fresh benzene and ethylene flowrates
to try and fix the EB product stream that is not meeting the correct specifications of 80,000
tonnes/yr, >99.8% EB, and <500ppm DEB. However, I was able to set Excel’s solver
function to run this iterative process by setting the ethylene feed stream, benzene feed
stream, and recycle streams as variables with the constraints previous listed for the product
and final recycle values equal the guess recycle values.
2.5 Solving the Energy Balance for the Ethylbenzene Process
There are four types of problems I encountered while solving the energy balances
for this process: determining the resulting temperature of a mixed stream, how much of a
utility is needed to heat/cool a given stream, how much heat needed to be removed in the
reactors to keep them isothermal, and how much temperature changed due to
compression/expansion.
To solve for the temperature of a stream that results from multiple streams
combining, I solved for the enthalpies of each component entering the stream using:
𝐻(

𝑇
𝑘𝐽
) = ṅ ∫ 𝐶𝑝 𝑑𝑇
ℎ𝑟
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(eq.5)

where Cp is considered constant if the stream is liquid and Tref = 25°C. I obtained the
enthalpy entering the combined stream by adding all of the component enthalpies. Using
𝛴𝐻𝑖𝑛,𝑖 = 𝛴𝐻𝑜𝑢𝑡,𝑖 and temperature out as the only variable, I solved for the temperature of
the resulting stream.
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To solve for the utilities in this process, I first had to determine which utility to use.
First, I set a minimum approach temperature of 10°C, so two streams exchanging energy
should not come within this temperature difference of each other. Using this rule, I could
then determine situations to use different utilities as depicted in Table 2-1.

Table 2-1: Utility Range of Usage
Heating
Desired Temperature
T < 150°C
150°C < T < 244°C

Utility
LPS
HPS

Cooling
Desired Temperature
25°C < T < 50°C
50°C < T < 170°C
170°C < T < 264°C
T > 264°C

Utility
RW
CW
LPS
HPS

When dealing with a case that used either high-pressure steam (HPS) or low-pressure steam
(LPS) as the utility, I could obtain the requirement by obtaining the change in enthalpy of
the process stream then dividing it by the heat of vaporization of that type of steam (1893
kJ/kg for LPS and 1695 kJ/kg for HPS). However, with refrigerated water (RW) or cooling
water (CW) as the utility, I would again obtain the change in enthalpy for the process
stream, then set eq. 5 equal to the change in enthalpy and solve for the ṅ term.
The reactions in this process collectively are exothermic, so cooling is needed in
the reactors to maintain an isothermal reactor. To obtain the heat transfer needed to
maintain an isothermal reactor, I used the equation:
𝑄(𝑘𝑊) = 𝐻𝑟𝑥𝑛 = ∑ 𝐻𝑓,𝑖 ∗ ṅ𝑔𝑒𝑛,𝑖

(eq.6)

The heat transfer was achieved through the use of CW and was calculated the same was as
in the heat exchangers.
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Lastly, I had to determine the change of temperature in the ethylene feed stream as
it compresses to a liquid. I used the isentropic compression relation to calculate the
resulting temperature:
𝑃𝑓 (1−1)
𝑇𝑓 = 𝑇𝑖 ( ) 𝛾
𝑃𝑖

(eq.7)

where γ =Cp/Cv for whatever component is being compressed.
In the end, the base case work that I’ve done for the liquid-phase ethylbenzene
production process would be optimized in the same fashion as discussed in chapter 1. The
base case is not meant to be profitable, but it should be a concrete starting point towards
maximizing profit.
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A.1 Base Case Process Description for Vapor-Phase
Fresh ethylene feed, stream 2, is fed to the process at 250C and 2000 kPa and is
separated into three streams: stream 4, 5, and 10. Fresh benzene, stream 1, is fed at 25 0C
and 110 kPa and combined with recycled benzene, steam 21, in the storage tank, V-301.
Benzene is pumped into stream 3 from the storage tank to a pressure of 2,000 kPa via pump
P-301 A/B. The benzene then flows to a fired heater, H-301, where it is heated to 400°C,
which vaporizes the entire stream. The resulting hot benzene vapor is then mixed with the
fresh ethylene feed, stream 4. This combined stream forms the reactor section feed, stream
6. Stream 6 must contain a ratio of 8:1 benzene to ethylene in order to minimize side
reactions. Stream 6 enters the first reactor, R-301, at a pressure of 1,985 kPa and a
temperature of 382.4°C. The reactor consists of a vertical packed bed of catalyst, down
through which the hot gas flows. The feed reacts catalytically to produce several products
according to the following reactions:
1. 𝐶6 𝐻6 + 𝐶2 𝐻4 → 𝐶6 𝐻5 𝐶2 𝐻5
Benzene + Ethylene  Ethylbenzene
2. 𝐶6 𝐻5 𝐶2 𝐻5 + 𝐶2 𝐻4 → 𝐶6 𝐻4 (𝐶2 𝐻5 )2
Ethylbenzene + Ethylene  Diethylbenzene
3.

𝐶6 𝐻4 (𝐶2 𝐻5 )2 + 𝐶6 𝐻6 → 2𝐶6 𝐻5 𝐶2 𝐻5
Diethylbenzene + Benzene  Ethylbenzene

4. 𝐶6 𝐻5 𝐶𝐻3 + 2𝐶2 𝐻4 → 𝐶6 𝐻5 𝐶2 𝐻5 + 𝐶3 𝐻6
Toluene + Ethylene  Ethylbenzene + Propylene

The reactor effluent, stream 7, which emerges at a pressure of 1,970 kPa and a
temperature of 442.7°C, is combined with more fresh ethylene, stream 5, and cooled in
exchanger E-301 to 380°C using boiler feed water as the coolant. The new combined feed,
stream 8, enters the second reactor, R-302, at a pressure of 1,960 kPa. R-302 also consists
of a vertical packed bed of catalyst. The hot gas flows through the bed reacts catalytically
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producing several products according to the previously mentioned reactions. The reactor
effluent, Stream 9, emerges at a pressure of 1,945 kPa and a temperature of 453.9°C. Steam
9 is combined with more fresh ethylene feed, stream 10. The combined stream is then
cooled in exchanger E-302 to 380°C using boiler feed water as the coolant. The process
stream leaving exchanger E-302, stream 11, enters the third reactor, R-303, at a pressure
of 1,935 kPa. R-303 also consists of a vertical packed bed catalyst through which the hot
gas of Stream 11 flows. The hot gas reacts catalytically producing several products
according to the previously mentioned reactions. The reactor effluent, stream 12, emerges
at a pressure of 1,920 kPa and a temperature of 449.2°C. Stream 12 is then combined with
the effluent from R-304, stream 13. This combined stream, stream 14, is sent to exchanger
E-303, where the stream is cooled to 280°C using boiler feed water. The process stream is
further cooled by heat exchanger E-304 to 170°C using boiler feed water, and cooled once
again by heat exchanger E-305 to 80°C using cooling water. The process stream is then
reduced in pressure with valve PCV1 to a pressure of 110 kPa. This reduced pressure
stream is sent to a vapor/liquid separator, V-302. The vapor stream from V-302, stream
15, contains most of the unreacted ethylene, ethane, and propylene. Stream 15 is then
stored as fuel gas to be burned and utilized throughout the plant. The liquid stream from
V-302, stream 16, contains mostly ethylbenzene and unreacted benzene.
Stream 16 is fed to the first distillation column, T-301, where it enters at a pressure
of 110 kPa and a temperature of 71.6°C. T-301 has a top tray pressure of 110 kPa and a
total column pressure drop of 10 kPa. The column’s distillate is completely condensed in
exchanger E-307 at a temperature of 50.1°C using cooling water. The condensed distillate
enters the reflux drum, V-303, where it is then pumped via pump P-302 A/B and split to
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form T-301’s reflux and a recycle stream, stream 17. The distillate product from T-301,
Stream 17, contains 99.9% of the unreacted benzene that enters the column in stream 16.
The column’s reboiler feed flows from the bottom of the column to the reboiler E-306 and
is completely vaporized at a temperature of 141.9°C. The hot, vaporized stream then flows
back into the bottom of the column as reboil. The bottoms product from T-301, stream 18,
contains 99% of the ethylbenzene that enters the column in stream 16.
Stream 18 then enters the second distillation column, T-302, at a pressure of 120
kPa and a temperature of 141.9°C. T-302 has a top tray pressure of 110 kPa and a total
column pressure drop of 30 kPa. The column’s distillate is completely condensed in
exchanger E-309 at a temperature of 138.4°C using cooling water. The condensed distillate
enters the reflux drum V-304, where it is then pumped to a higher pressure via pump P303 A/B and split to form T-302’s reflux and the ethylbenzene product stream, stream 19.
The ethylbenzene product stream leaves the process at a temperature of 138.4°C, a pressure
of 110 kPa, and with 99.8% of the ethylbenzene that entered the column T-302 in stream
18. Stream 19 is sent to storage as the ethylbenzene product. The ethylbenzene product
stream is 99.8% (mole) pure and contains less than 2 ppm of diethylbenzene. The column’s
reboiler feed flows from the bottom of the column to the reboiler E-308 and is completely
vaporized at a temperature of 182°C. The hot, vaporized stream then flows back into the
bottom of the column as reboil. The bottom’s product stream, stream 20, flows from the
bottom of T-302 and is pumped via pump P-304 A/B to a pressure of 2,000 kPa.
The distillate product from T-301, Stream 17, is sent back to the front of the process
where it is split into 2 streams. One of these streams is the aforementioned stream 21 that
is fed to V-301 and mixed with fresh benzene feed and sent back through the process. The
30

second stream is pumped to a pressure of 2,000 kPa via pump P-305 A/B and becomes
stream 22. The pressurized bottoms product from T-302 is sent back to the front of the
process where it is combined with stream 22. This combined stream, stream 23, is
vaporized at a temperature of 500°C via the top of the fired heater H-301. This vaporized
stream then enters the recycle reactor, R-304, at a pressure of 2,000 kPa and a temperature
of 500°C. R-304 consists of a vertical catalyst bed through which the hot gas flows. The
gas reacts catalytically to consume diethylbenzene and produce ethylbenzene according to
reaction three. The reactor effluent, stream 13, emerges at a pressure of 1,988 kPa and a
temperature of 500.3°C. Stream 13 is then combined with stream 12 and sent back through
the separation system as stream 14.
A.2 Optimized Process Description for Vapor-Phase
Fresh ethylene feed, stream 2, is fed to the process at 250C and 2000 kPa and is
separated into three streams: stream 4, 5, and 10. Fresh Benzene, stream 1, enters the front
end distillation column, T-351, at a pressure of 110 kPa and a temperature of 24°C. T-351
has a top tray pressure of 110 kPa and a total column pressure drop of 30 kPa. The column’s
distillate is completely condensed in exchanger E-352 at a temperature of 138.4°C using
cooling water. The condensed distillate enters the reflux drum V-351, where it is then
pumped to a higher pressure via pump P-351 A/B and split to form T-351’s reflux and the
purified benzene feed, stream 52. The benzene product stream leaves the process at a
temperature of 138.4°C, a pressure of 110 kPa, and with an impurity of 1% toluene. This
product stream is them pumped to 220 kPa via pump P-352 A/B to form stream 53. Stream
53 and the benzene recycle from the downstream process are then mixed in V-301. The
column’s reboiler feed flows from the bottom of the column to the reboiler E-351 and is
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completely vaporized at a temperature of 182°C. The hot, vaporized stream then flows
back into the bottom of the column as reboil. The bottom’s product stream, stream 51,
flows from the bottom of T-351 and is sent to storage as our toluene product.
Benzene is pumped into stream 3 from storage tank V-301 to a pressure of 2,000
kPa via pump P-301 A/B. The benzene then flows to a heat exchange, E-353, where it is
heated to 400°C, which vaporizes the entire stream. The resulting hot benzene vapor is
then mixed with the fresh ethylene feed, stream 4. This combined stream forms the reactor
section feed, stream 6. Stream 6 contains a ratio of 5.2:1 benzene to ethylene. Stream 6
enters the first reactor, R-301, at a pressure of 1,985 kPa and a temperature of 420°C. The
reactor consists of a vertical packed bed of catalyst, down through which the hot gas flows.
The feed reacts catalytically to produce several products according to the following
reactions:
1. 𝐶6 𝐻6 + 𝐶2 𝐻4 → 𝐶6 𝐻5 𝐶2 𝐻5

Benzene + Ethylene  Ethylbenzene

2. 𝐶6 𝐻5 𝐶2 𝐻5 + 𝐶2 𝐻4 → 𝐶6 𝐻4 (𝐶2 𝐻5 )2
Ethylbenzene + Ethylene  Diethylbenzene
3.

𝐶6 𝐻4 (𝐶2 𝐻5 )2 + 𝐶6 𝐻6 → 2𝐶6 𝐻5 𝐶2 𝐻5
Diethylbenzene + Benzene  Ethylbenzene

4. 𝐶6 𝐻5 𝐶𝐻3 + 2𝐶2 𝐻4 → 𝐶6 𝐻5 𝐶2 𝐻5 + 𝐶3 𝐻6
Toluene + Ethylene  Ethylbenzene + Propylene

The reactor effluent, stream 7, which emerges at a pressure of 1,970 kPa and a
temperature of 442.7°C, is combined with more fresh ethylene, stream 5, and cooled in
exchanger E-301 to 380°C using boiler feed water as the coolant. The new combined feed,
stream 8, enters the second reactor, R-302, at a pressure of 1,960 kPa. R-302 also consists
of a vertical packed bed of catalyst. The hot gas flows through the bed reacts catalytically
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producing several products according to the previously mentioned reactions. The reactor
effluent, Stream 9, emerges at a pressure of 1,945 kPa and a temperature of 420°C. Steam
9 is combined with more fresh ethylene feed, stream 10. The combined stream is then
cooled in exchanger E-302 to 380°C using boiler feed water as the coolant. The process
stream leaving exchanger E-302, stream 11, enters the third reactor, R-303, at a pressure
of 1,935 kPa. R-303 also consists of a vertical packed bed catalyst through which the hot
gas of Stream 11 flows. The hot gas reacts catalytically producing several products
according to the previously mentioned reactions. The reactor effluent, stream 12, emerges
at a pressure of 1,920 kPa and a temperature of 420°C. Stream 14 is then sent to exchanger
E-353 as the hot utility. The process stream is further cooled by heat exchanger E-305 to
80°C using cooling water. The process stream is then reduced in pressure with valve PCV1
to a pressure of 220 kPa. This reduced pressure stream, stream 14, is sent to a vapor/liquid
separator, V-302. The vapor stream from V-302, stream 15, contains most of the unreacted
ethylene, ethane, and propylene. Stream 15 is then stored as fuel gas to be burned and
utilized throughout the plant. The liquid stream from V-302, stream 16, contains mostly
ethylbenzene and unreacted benzene.
Stream 16 is fed to the distillation column, T-301, where it enters at a pressure of
110 kPa and a temperature of 71.6°C. T-301 has a top tray pressure of 110 kPa and a total
column pressure drop of 10 kPa. The column’s distillate is completely condensed in
exchanger E-307 at a temperature of 50.1°C using cooling water. The condensed distillate
enters the reflux drum, V-303, where it is then pumped via pump P-302 A/B and split to
form T-301’s reflux and a recycle stream, stream 17. The distillate product from T-301,
Stream 17, contains 99.9% of the unreacted benzene that enters the column in stream 16.
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The column’s reboiler feed flows from the bottom of the column to the reboiler E-306 and
is completely vaporized at a temperature of 141.9°C. The hot, vaporized stream then flows
back into the bottom of the column as reboil. The bottoms product from T-301, stream 18,
forms the ethylbenzene product stream. This stream contains a purity of > 99.8 mol%
ethylbenzene and < 2 ppm Diethylbenzene. The distillate product from T-301, Stream 17,
is sent back to the front of the process. One of these streams is the aforementioned stream
21 that is fed to V-301 and mixed with fresh benzene feed and sent back through the
process.
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A.3 Converged ProII Flowsheet
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A.4 Equipment Sizing Calculations
Towers
1) Actual Number of Trays:
𝑁
𝑁𝐴𝑐𝑡𝑢𝑎𝑙 = 𝑃𝑟𝑜𝐼𝐼
× (1.1)
𝜀


Example Calculation:

18.48
75%

× (1.1) = 28 trays

2) Height of Tower:
1
𝐻𝑒𝑖𝑔ℎ𝑡 = 2 (𝑁𝐴𝑐𝑡𝑢𝑎𝑙 − 1) + 1.2 + 1.8




1

Example Calculation: (28 − 1) + 1.2𝑚 + 1.8𝑚 = 16.5 𝑚𝑒𝑡𝑒𝑟𝑠
2
From Table 11.13, Heuristic 13: “For towers, add 1.2m at the top for vapor
disengagement, and 1.8m at bottom for liquid level and reboiler return”
From Table 11.13, Heuristic 14: “Limit the tower height to about 53m max.
because of wind load and foundation considerations”

3) Outlet Velocity:
𝑣𝑒𝑙𝑜𝑐𝑖𝑡𝑦 =


1.35
√𝜌𝐷𝑖𝑠𝑡𝑖𝑙𝑙𝑎𝑡𝑒

Example Calculation:

1.35

= 0.691

𝑚3
√3.82179
𝑘𝑔

𝑚
𝑠

4) Tower Diameter:
𝐷𝑖𝑎𝑚𝑒𝑡𝑒𝑟 =

4×

𝑉𝑜𝑙𝑢𝑚𝑒𝑡𝑟𝑖𝑐 𝐹𝑙𝑜𝑤𝑟𝑎𝑡𝑒𝐷𝑖𝑠𝑡𝑖𝑙𝑙𝑎𝑡𝑒
3600

√𝜋(𝑣𝑒𝑙𝑜𝑐𝑖𝑡𝑦)
𝑚3
ℎ𝑟 )
3600𝑠
𝑚
√𝜋(0.6906 )
𝑠
3754.00



Example Calculation:

4(

= 1.387 𝑚𝑒𝑡𝑒𝑟𝑠

5) Length to Diameter Ratio:
𝐿𝑒𝑛𝑔𝑡ℎ
< 30 (𝑇𝑎𝑏𝑙𝑒 11.13, 𝐻𝑒𝑢𝑟𝑖𝑠𝑡𝑖𝑐 14)
𝐷𝑖𝑎𝑚𝑒𝑡𝑒𝑟
16.5𝑚



Example Calculation:



From Table 11.13, Heuristic 14: “Ratio of length to diameter should be kept
lower than 30”

1.387𝑚

= 11.90

Vessels
1) Hold-up Time:
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From Table 11.6, Heuristic 5 & 6: “𝜏1/2 = 5 min for half-full reflux drums and
gas/liquid separators, 5-10 min for a product feeding another tower, 30 min
for drums feeding a furnace”

2) Volumetric Flowrate:
𝜌
𝑄 = 𝑀𝑎𝑠𝑠 𝐹𝑙𝑜𝑤𝑟𝑎𝑡𝑒
𝑘𝑔



Example Calculation:

876.731 3
𝑚
𝑘𝑔
12347
ℎ

𝑚3

= 14.183 ℎ𝑜𝑢𝑟

3) Volume:
𝜏1/2
𝑉𝐶𝑎𝑙𝑐𝑢𝑙𝑎𝑡𝑒𝑑 = 𝑄( 60
)


𝑚3

𝜏1

Example Calculation: (14.183 ℎ𝑟 ) × (602 ) = 7.04𝑚3

4) Diameter:
3

𝐷= √


3(𝑉𝐶𝑎𝑙𝑐𝑢𝑙𝑎𝑡𝑒𝑑 )
4𝜋
3

3(7.04)

Example Calculation: √

4𝜋

= 1.189 𝑚𝑒𝑡𝑒𝑟𝑠

5) Length:
𝐿 = 3(𝐷)
 Example Calculation: 3(1.189) = 3.567 𝑚𝑒𝑡𝑒𝑟𝑠
 From Table 11.6, Heuristic 4: “Optimum ratio of length to diameter = 3, but
the range of 2.5 to 5 is common”
Reactors
1) Diameter:
4(𝑉
)
𝐷 = 3 𝐵𝑒𝑑
√5𝜋



Example Calculation:

4(15.94)
3

√5𝜋

= 1.595 𝑚𝑒𝑡𝑒𝑟𝑠

2) Length:
𝐿 = 5(𝐷)
 Example Calculation: 5(1.595) = 7.976 𝑚𝑒𝑡𝑒𝑟𝑠
 Heuristic from Dr. Smith: “Optimum ratio of length to diameter = 5”
3) Length with 1 meter caps:
𝐿𝐶𝑎𝑝𝑠 = 𝐿 + 1 + 1
 Example Calculation: 7.976 + 1 = 9.976 𝑚𝑒𝑡𝑒𝑟𝑠
 Heuristic from Dr. Smith: “Add 1 meter to each end of the reactor to account
for bed volume”
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Pumps
1) Volumetric flow in:
1 𝑚𝑎𝑠𝑠 𝑓𝑙𝑜𝑤𝑖𝑛
𝑄𝑖𝑛 = (60)(
)
𝜌


1

𝑚3

12347.5

Example Calculation: (60) (

870

) = 0.237 𝑚𝑖𝑛

2) Power:
(1.67) (𝑄𝑖𝑛 )(∆𝑃𝑟𝑒𝑠𝑠𝑢𝑟𝑒) (0.01)
𝑃=
𝜀


Example Calculation:

(1.67)(0.237)(1630)(0.01)
75%

Heat Exchangers
1. Utility mass flow:
𝑚𝑢𝑡𝑖𝑙𝑖𝑡𝑖𝑒𝑠 = (1000) ×


Example Calculation:

= 8.582 𝑘𝑊

𝐷𝑢𝑡𝑦

𝐻𝑈𝑡𝑖𝑙𝑖𝑡𝑦,𝐼𝑁 −𝐻𝑈𝑡𝑖𝑙𝑖𝑡𝑦,𝑂𝑈𝑇
5961
(1000) × (2760−675) =

𝑘𝑔

2859 ℎ𝑜𝑢𝑟

2. Sensible Heat Transfer:
𝐻
−𝐻
𝑄𝑆𝑒𝑛𝑠 = 𝑚𝑢𝑡𝑖𝑙𝑖𝑡𝑖𝑒𝑠 𝑈𝑡𝑖𝑙𝑖𝑡𝑦,𝐼𝑁1000𝑈𝑡𝑖𝑙𝑖𝑡𝑦,𝑂𝑈𝑇


Example Calculation: (109450) ×

𝑎𝑏𝑠(126.1−167.9)
1000

𝑀𝐽

= 4575 ℎ𝑜𝑢𝑟

3. Latent Heat Transfer:
𝑄𝐿𝑎𝑡𝑒𝑛𝑡 = 𝑄𝐷𝑢𝑡𝑦 − 𝑄𝑆𝑒𝑛𝑠𝑒


𝑀𝐽

Example Calculation: 5961 − 0 = 5961 ℎ𝑜𝑢𝑟

4. Intermediate Temperature:
(𝑄
)(𝑇
−𝑇𝑃𝑟𝑜𝑐𝑒𝑠𝑠,𝑂𝑈𝑇
𝑇𝐼𝑛𝑡𝑒𝑟𝑚𝑒𝑑𝑖𝑎𝑡𝑒 = (−1)( 𝐿𝑎𝑡𝑒𝑛𝑡 𝑃𝑟𝑜𝑐𝑒𝑠𝑠,𝐼𝑁
− 𝑇𝑃𝑟𝑜𝑐𝑒𝑠𝑠,𝐼𝑁 )
𝑄
𝐷𝑢𝑡𝑦



Example Calculation:(−1) (

(5961)(141.4−141.8)
5961

− 141.4) = 142℃

5. Sensible Log Mean Temperature:
∆𝑇𝐿𝑀,𝑆𝑒𝑛𝑠𝑒 =

(𝑇𝑃𝑟𝑜𝑐𝑒𝑠𝑠,𝑖𝑛 −𝑇𝑈𝑡𝑖𝑙𝑖𝑡𝑦,𝑖𝑛 )−(𝑇𝑃𝑟𝑜𝑐𝑒𝑠𝑠,𝑜𝑢𝑡 −𝑇𝑈𝑡𝑖𝑙𝑖𝑡𝑦,𝑜𝑢𝑡 )
𝐿𝑁



Example Calculation:

(𝑇𝑃𝑟𝑜𝑐𝑒𝑠𝑠,𝑖𝑛 −𝑇𝑈𝑡𝑖𝑙𝑖𝑡𝑦,𝑖𝑛 )
(𝑇𝑃𝑟𝑜𝑐𝑒𝑠𝑠,𝑜𝑢𝑡 −𝑇𝑈𝑡𝑖𝑙𝑖𝑡𝑦,𝑜𝑢𝑡 )

(83−(−20))−(12−(−10))
𝐿𝑁

(83−(−20))
(12−(−10))

= 53℃

6. Latent Log Mean Temperature:
∆𝑇𝐿𝑀,𝐿𝑎𝑡𝑒𝑛𝑡 =

(𝑇𝑈𝑡𝑖𝑙𝑖𝑡𝑦,𝑂𝑢𝑡 −𝑇𝑃𝑟𝑜𝑐𝑒𝑠𝑠,𝐼𝑛 )−(𝑇𝑈𝑡𝑖𝑙𝑖𝑡𝑦,𝐼𝑛 −𝑇𝑃𝑟𝑜𝑐𝑒𝑠𝑠,𝑂𝑢𝑡 )
𝐿𝑁

(𝑇𝑈𝑡𝑖𝑙𝑖𝑡𝑦,𝑂𝑢𝑡 −𝑇𝑃𝑟𝑜𝑐𝑒𝑠𝑠,𝐼𝑛 )
(𝑇𝑈𝑡𝑖𝑙𝑖𝑡𝑦,𝐼𝑛 −𝑇𝑃𝑟𝑜𝑐𝑒𝑠𝑠,𝑂𝑢𝑡 )
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(254−141.4)−(254−141.8)

Example Calculation:

𝐿𝑁

(254−141.4)
(254−141.8)

7. Sensible Heat Transfer Coefficient:
−1

𝑈

𝑈𝑆𝑒𝑛𝑠𝑒 = (𝑈 𝑖,𝑆𝑒𝑛𝑠𝑒 −1 )−1
𝑜,𝑆𝑒𝑛𝑠𝑒



1500−1

𝑊

Example Calculation: (1000−1 )−1 = 600 𝑚2 ×𝐾

8. Latent Heat Transfer Coefficient:
−1

𝑈

𝑈𝐿𝑎𝑡𝑒𝑛𝑡 = (𝑈 𝑖,𝐿𝑎𝑡𝑒𝑛𝑡 −1 )−1
𝑜,𝐿𝑎𝑡𝑒𝑛𝑡



5000−1

𝑊

Example Calculation: (6000−1 )−1 = 2727 𝑚2 ×𝐾

9. Sensible Area:
1,000,000
𝐴𝑆𝑒𝑛𝑠𝑒 = 3,600 × (𝑈

(𝑄𝑆𝑒𝑛𝑠𝑒 )

𝑆𝑒𝑛𝑠𝑒 )(0.9)(∆𝑇𝐿𝑀,𝑆𝑒𝑛𝑠𝑒 )



10. Latent Area: 𝐴𝑙𝑎𝑡𝑒𝑛𝑡 =


3,600

1,000,000

𝑄𝐷𝑢𝑡𝑦
3600

(4575)

× (600)(0.9)(53) = 44.7𝑚2
(𝑄𝐿𝑎𝑡𝑒𝑛𝑡 )

×

3,600
(𝑈𝐿𝑎𝑡𝑒𝑛𝑡 )(0.9)(∆𝑇𝐿𝑀,𝐿𝑎𝑡𝑒𝑛𝑡 )
1,000,000
(5961)
2

Example Calculation:

11. Heat Flux: 𝑞 =


1,000,000

Example Calculation:

3,600

× (2727)(0.9)(112) = 𝑚

1000

×𝐴

𝑇𝑜𝑡𝑎𝑙

5961

Example Calculation: 3600 ×

1000
52.6

𝑘𝑊

= 31.5 𝑚2
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A.5 Optimized Vapor-Phase Process Flow Diagram with Stream Table
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Stream No.
Temperature
Pressure
Vapor Mole Fraction
Total kmol/hr
Total kg/hr
Flowrates in kmol/hr
ETHYLENE
ETHANE
PROPENE
BENZENE
TOLUENE
EBENZENE
14EZ
WATER

C
kPa
KG-MOL/HR
KG/HR
kg-mol/hr

Stream No.
Temperature
Pressure
Vapor Mole Fraction
Total kmol/hr
Total kg/hr
Flowrates in kmol/hr
ETHYLENE
ETHANE
PROPENE
BENZENE
TOLUENE
EBENZENE
14EZ
WATER

C
kPa
KG-MOL/HR
KG/HR
kg-mol/hr

1

2

3

4

5

6

25
110
0
101.92
8104.20

25
2000
1
98.67
2781.89

55.27
220
0
159.79
12343.71

25
2000
1
29.56
833.45

25
2000
1
34.55
974.22

420.00
1850
1
189.36
13177.17

0
0
0
91.73
10.19
0
0
0

91.82
6.85
0
0
0
0
0
0

0
2.88
1.05
154.04
0.93
0.89
0
0

27.51
2.05
0
0
0
0
0
0

32.15
2.40
0
0
0
0
0
0

27.51
4.94
1.05
154.04
0.93
0.89
0
0

7

8

9

10

11

12

506.95
1840.87
1.00
162.73
13177.17

420.00
1830.87
1.00
197.28
14151.38

515.37
1822.40
1.00
165.17
14151.38

25.00
2000.00
1.00
34.55
974.22

420.00
1812.40
1.00
199.73
15125.60

508.03
1804.98
1.00
167.57
15125.60

0
4.94
1.94
128.30
0.04
27.52
0
0

32.15
7.33
1.94
128.30
0.04
27.52
0
0

0
7.33
1.98
96.23
0.00
59.63
0
0

32.15
2.40
0.00
0.00
0.00
0.00
0
0

32.15
9.73
1.98
96.23
0.00
59.63
0
0

0
9.73
1.98
64.07
0.00
91.79
0
0
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Stream No.
Temperature
Pressure
Vapor Mole Fraction
Total kmol/hr
Total kg/hr
Flowrates in kmol/hr
ETHYLENE
ETHANE
PROPENE
BENZENE
TOLUENE
EBENZENE
14EZ
WATER

C
kPa
KG-MOL/HR
KG/HR
kg-mol/hr

14

15

16

17

18

75.58
220
0.06
167.57
15125.60

75.58
220
1
9.84
417.27

75.58
220
0
157.73
14708.33

11.96
220
0
67.16
5095.07

172.28
250
0
90.57
9613.11

0
9.73
1.98
64.07
0
91.79
0
0

0
6.85
0.93
1.66
0
0.40
0
0

0
2.88
1.05
62.41
0
91.39
0
0

0
2.88
1.05
62.34
0
0.89
0
0

0
0
0
0.08
0
90.49
0
0

Stream No.
Temperature
Pressure
Vapor Mole Fraction
Total kmol/hr
Total kg/hr
Flowrates in kmol/hr
ETHYLENE
ETHANE
PROPENE
BENZENE
TOLUENE
EBENZENE
14EZ
WATER

C
kPa
KG-MOL/HR
KG/HR
kg-mol/hr

51

52

53

54

121.80
140
0
9.29
855.55

83.37
110
0
92.63
7248.64

83.41
220
0
92.63
7248.64

55.66
1850
0
159.79
12343.72

0
0
0
0.02
9.27
0
0
0

0
0
0
91.70
0.93
0
0
0

0
0
0
91.70
0.93
0
0
0

0
2.88
1.05
154.04
0.93
0.89
0
0
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A.6 Utility Tables for Vapor-Phase
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A.7 Equipment Summary Tables for Vapor-Phase
Heat Exchangers

E-301

E-302

1-2 exchanger, floating head, stainless steel,
process stream in tubes

1-2 exchanger, floating head, stainless steel,
process stream in tubes

Q = 1,883 MJ/h

Q = 2,457 MJ/h

maximum pressure rating of 4620 kPa

maximum pressure rating of 4620 kPa

E-303

E-305

1-2 exchanger, floating head, stainless steel,
process stream in tubes

1-2 exchanger, floating head, carbon steel,
process stream in tubes

Q = 5,113 MJ/h

Q = 1883 MJ/h

maximum pressure rating of 4620 kPa

maximum pressure rating of 2035 kPa

E-306

E-307

1-2 exchanger, kettle reboiler, carbon steel,
process stream in shell

1-2 exchanger, floating head, carbon steel,
process in shell

Q = 5,961 MJ/h

Q = 4,575 MJ/h

maximum pressure rating of 4620 kPa

maximum pressure rating of 440 kPa

E-351

E-352

1-2 exchanger, kettle reboiler, carbon steel,
process stream in shell

1-2 exchanger, floating head, carbon steel,
process in shell

Q = 6,088 MJ/h

Q = 5,203 MJ/h

maximum pressure rating of 660 kPa

maximum pressure rating of 440 kPa

E-353
1-2 exchanger, floating head, stainless steel,
process stream in tube and shell
Q = 13,675 MJ/h
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maximum pressure rating of 2035 kPa

Pumps
P-301 A/B

P-302 A/B

Carbon steel - positive displacement

Carbon steel - centrifugal

Efficiency 75%

Efficiency 75%

Power Output = 8.6 kW

Power Output = 1 kW

P-351 A/B

P-352 A/B

Carbon steel - centrifugal

Carbon steel - centrifugal

Efficiency 75%

Efficiency 75%

Power Output = 1 kW

Power Output = 0.3 kW

Reactors
R-301

R-301

Stainless steel packed bed, ZSM-5 mol. Sieve
catalyst

Stainless steel packed bed, ZSM-5 mol. Sieve
catalyst

Vbed = 15.9 m3

Vbed = 21.5 m3

Maximum pressure rating of 2035 kPa

Maximum pressure rating of 2035 kPa

Maximum allowable catalyst temperature =
515°C

Maximum allowable catalyst temperature =
515°C

R-301
Stainless steel packed bed, ZSM-5 mol. Sieve
catalyst
Vbed = 27.6 m3
Maximum pressure rating of 2035 kPa
Maximum allowable catalyst temperature =
515°C
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Vessels
V-301

V-302

7.0 m3

3.0 m3

Carbon steel

Carbon steel

Maximum operating pressure = 590 kPa

Maximum operating pressure = 590 kPa

Horizontal

Vertical

V-303

V-351

0.8 m3

8.3 m3

Carbon steel

Carbon steel

Maximum operating pressure = 640 kPa

Maximum operating pressure = 640 kPa

Horizontal

Horizontal

Towers
T-301

T-351

Carbon Steel

Carbon Steel

75% efficient trays

75% efficient trays

0.5 m tray spacing

0.5 m tray spacing

28 Sieve Trays

39 Sieve Trays

Maximum pressure rating of 640 kPa

Maximum pressure rating of 640 kPa
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A.8 Fixed Capital Investment
ID

C BM

E-301

134,441

E-302

137,396

E-303

165,693

Bare Module

E-305

88,790

$ 5,708,567

E-306

247,198

Total Module

E-307

160,169

$ 6,736,109

E-351

391,325

Grass Roots

E-352

99,039

E-353
P-301 A/B
P-302 A/B
P-351 A/B
P-352 A/B
D-301 A/B
D-302 A/B
D-351 A/B
D-352 A/B

762,332
61,503
27,439
27,439
20,110
24,343
3,136
5,227
780

R-301

662,613

R-302

882,026

R-303

1,133,601

V-301

39,916

V-302

30,942

V-303

14,136

V-351

45,566

T-301

141,458

T-351

205,507

Trays for T-301

48,156

Trays for T-351

148,285

$ 8,178,949
GR w/ Build/Land
$ 13,678,949
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A.9 Cost of Manufacturing
Grass Roots

$(8,178,949)

Materials (CRM)

$(79,967,773)

Catalyst

-

Labor (COL)

$(1,167,000)

Utilities (ex CWT)

$(440,703)

Waste Treatment
(CWT)

-

Others (Coth)

$(21,985,070)

Cost of
Manufacturing

$(111,739,495)
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A.10 Income Statement
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A.11 Process Concept Diagram

Benzene

Process Reactions

Ethylbenzene

1.Benzene + Ethylene  Ethylbenzene
2. Ethylbenzene + Ethylene 
Diethylbenzene
Ethylene

3. Diethylbenzene + Benzene 
Ethylbenzene
4. Toluene + Ethylene  Ethylbenzene +
Propylene

52

Fuel Stream

(Toluene)

A.12 Process Flow Diagram and Stream Tables for Liquid-Phase
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A.13 Utility Table for Liquid Phase

Utility
mflow
(kg/hr)

E-401
HPS

E-402
CW

E-403
RW

3,796

174,838

267,810

Utilities
E-404 E-405
LPS
CW

E-406
LPS

E-407
HPS

E-408
CW

R-401
CW

R-402
CW

2,347

385

121

89,728

271,534

2,796

88,724

A.14 Equipment Tables for Liquid Phase
Heat Exchangers
E-401
1-2 exchanger, floating head, carbon
steel
Q=
1787 kW
Pmax =
84.4 atm

E-405
1-2 exchanger, floating head, carbon steel
Q=
Pmax =

1031 kW
3.0 atm

E-402
1-2 exchanger, floating head, carbon
steel
Q=
2032 kW
Pmax =
84.2 atm

E-406
1-2 exchanger, kettle reboiler, carbon
steel
Q=
202 kW
Pmax =
3.3 atm

E-403
1-2 exchanger, floating head, carbon
steel
Q=
3113 kW
Pmax =
3.2 atm

E-407
1-2 exchanger, floating head, carbon steel

E-404
1-2 exchanger, kettle reboiler, carbon
steel
Q=
1234 kW
Pmax =
3.5 atm

E-408
1-2 exchanger, floating head, carbon steel

Q=
Pmax =

Q=
Pmax =

Compressor
C-401
Centrifugal, carbon steel
W=
595 kW
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57 kW
84.4 atm

1043 kW
4.2 atm

Vessels
V-401
Horizontal, carbon steel
V=
6.4 m3
Pmax =
4.0 atm

V-402
Horizontal, carbon steel
V=
9.8 m3
Pmax =
3.2 atm

V-403
Horizontal, carbon steel
V=
3.8 m3
Pmax =
3.0 atm
Towers
T-401
Carbon steel
50%
efficient trays
0.5 m tray spacing
19
Sieve Trays
Pmax =
3.5 atm

T-402
Carbon steel
50%
efficient trays
0.5 m tray spacing
17
Sieve Trays
Pmax =
3.3 atm

Reactors
R-401
Agitated jacket, carbon steel

R-402
Agitated jacket, carbon steel

Vreactor =
Pmax =

29.2 m3
84.2 atm

Vreactor =
Pmax =

29.2 m3
84.2 atm

Pumps
P-401 A/B
Carbon steel - positive displacement
Efficiency
75%
P=
106.4 kW

P-403 A/B
Carbon steel - centrifugal
Efficiency
75%
P=
1.0 kW

P-402 A/B
Carbon steel - centrifugal
Efficiency
75%
P=
1.0 kW

P-404 A/B
Carbon steel - centrifugal
Efficiency
75%
P=
6.9 kW
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